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The trade-off between steady-state economics and dynamic controllability of recycle
plants is analyzed for ternary systems. For this analysis, a boundary is first established in
the composition space to identify the correct flow sheet, and then optimal trajectories for
recycle plants with direct and indirect sequences are deri®ed as the con®ersion ®aries. In
the optimality regions, at any con®ersion, the correct separation sequence, as well as
optimal reactant distribution, can also be obtained. For dynamic controllability, the
reachable composition space is identified as the recycle ratios ®ary. The results clearly
indicate that trade-off between steady-state design and dynamic control is not likely to
occur, if the plant is designed along the optimal trajectories with the correct flow sheet.
Rigorous nonlinear simulations also re®eal that no single control structure works well
o®er the entire composition space.

Introduction

The literature contains a large number of articles that dis-
cuss process synthesis, but the emphasis is primarily on indi-
vidual process units, for example, synthesis of distillation sys-
tems, reactor networks, or heat-exchanger networks. For ex-

Ž .ample, in distillation sequencing, typical heuristics include 1
Ž .remove most plentiful first, 2 remove lightest component

Ž . Ž .first, 3 leave high-recovery separations to the last, and 4
Žleave difficult separations until last Nishida et al., 1981;
.Nadgir and Liu, 1983; Douglas, 1988 . However, in contrast

to the rules of thumb for many other problems, sometimes
the heuristics for the separation system give contradictory re-

Ž .sults. Malone et al. 1985 derive analytical criteria for the
sequencing of distillation columns. The advantage of the ana-
lytical approaches is that the limitations of the results are
clearly identified by the assumptions introduced in the analy-
sis.

A typical chemical plant flow sheet has a mixture of multi-
Žple units connected both in series and in parallel Douglas,

.1988; Biegler et al., 1997 . The common topology consists of
a reaction section and separation sections. The textbooks of

Correspondence concerning this article should be addressed to C.-C. Yu.

Ž . Ž .Luyben et al. 1999 and Luyben and Luyben 1997 discuss
the plantwide control problems, but emphasis is on the con-
trol structure design. Much less work has treated the design

Žof the entire plant as a single unit. Elliott and Luyben 1995,
.1996 evaluate the steady-state design of a ternary system

Ž .based on the total annual cost TAC; Douglas, 1988 , and
controllability is assessed quantitatively using the capacity-

Ž .based approach. Luyben et al. 1996 analyze the pole loca-
tion of a ternary system using a simple dynamic-reactor model.

Ž .Groenendijk et al. 2000 evaluate different designs using
several control measures, such as, relative gain array and rel-
ative disturbance gain.

Ž .Similar to the work of Malone et al. 1985 , the objective of
this work is to derive analytical criteria for the design of the
entire plant. This work differs from sequencing distillations
work in that the feed composition to the separation units can
be designed. Once the optimal design is obtained, the trade-
off between design and control is evaluated based on the pole
location and disturbance rejection capability. Results show
that the new approach provides analytical criteria for the de-
sign and control of the entire plant for ternary systems with
two recycle streams.
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The remainder of that article is organized as follows. The
following section extends the simplified cost models of Mal-

Ž . Ž .one et al. 1985 , Douglas 1988 , and Elliot and Luyben
Ž .1996 to recycle plants. Steady-state economics for recycle
plants are evaluated for three different cases: fixed-reactor
composition, fixed-reactor conversion, and variable-reactor
composition. Dynamic controllability issues are addressed in
the fourth section, and the concept of reachability is used to
measure the inherent operability of any given plant. The fifth
section discusses the problem of control structure design, and
rigorous simulations are used to illustrate the operability of
various designs. Extensions to one reactor, one distillation
column, and one recycle stream configurations are made in
the sixth section, followed by the conclusion.

Steady-State Design
Process

In this article, we demonstrate the interaction between de-
sign and control on a complex process flow sheet. The pro-

Ž .cess configuration is described in Tyreus and Luyben 1993
Ž .and Elliott and Luyben 1996 . This is a ternary system with

the following reaction: AqB™C. Two reactants A and B
are fed, separately, to a continuous stirred-tank reactor
Ž .CSTR , which is operated isothermally. The reaction rate
can be expressed as

PskV z z 1Ž .R A B

where P is the total production of the product C, k is the
rate constant, z and z are the mole fractions for reactantsA B
A and B, and V is the reactor holdup. The reactor effluentR
is assumed to be a saturated liquid and contains a ternary
mixture of A, B, and C, because some A and B remain
unreacted. In the ternary mixture, A is the light component
Ž . Ž .LK , B is the heavy component HK , and the product C is

Ž .an intermediate boiler IK . The relative volatility is used to
describe the ternary mixture, and a typical set of volatility is

Ž .� s4, � s1, and � s2 Tyreus and Luyben, 1993 . ToA B C
Ž .separate the intermediate boiling product C from the high

Ž .and low boiling reactants A and B , we need two distillation
columns. For ternary systems, two distillation sequences, di-

Ž .rect and indirect sequence Malone et al., 1985 , can be used

Figure 1. Alternatives for a ternary system with two re-
( ) ( )cycle streams: A direct sequence; B indi-

rect sequence.

Figure 2. Ternary process with two recycles using di-
rect sequence and corresponding notation.

Ž .in this flow sheet Figure 1 . For the direct sequence, reac-
Ž .tant A LK is recycled from the top of the first column back

Ž .to the reactor and reactant B HK is recycled from the bot-
Ž .tom of the second column back to the reactor Figure 1 . The

indirect sequence, on the other hand, recycles the heavy re-
Ž .actant B back to the reactor first, followed by recycling the

Ž .light reactant A from the top of the second column, as
shown in Figure 1.

For the synthesis of separation systems, we can use distilla-
Ž .tion sequence heuristics Nadgir and Liu, 1983 or the analyt-

Ž .ical criterion of Malone et al. 1985 to choose an appropri-
ate configuration, for example, direct or indirect. However,
for the design of the entire plant, we can determine the con-
version and distribution of reactants in the reactor, in addi-
tion to the distillation sequences. In other words, we can also
design the ‘‘feed composition’’ for the distillation columns. A
criterion is necessary to evaluate different flow sheets. The

Ž .simplified TAC approach of Molane et al. 1985 and Dou-
Ž .glas 1988 is taken here.

Total annual cost TAC
Steady-State Design and Equipment Sizing. In this study, the

ternary process with two recycle streams contains one reactor
and two distillation columns. From the mass balances for each
unit, there are a number of ways to solve the nine nonlinear
algebraic equations. Before getting to the steady-state design
procedure, we must give some assumptions for the system.

Ž .We use the direct sequence as an example Figure 2 , and the
assumptions are:
Ž .1 The process components have constant density.
Ž .2 The flow rate of the product stream D is fixed at 1002

lbmolrh.
Ž .3 The product specification is x s0.98.D ,C2
Ž .4 There is no component A leaving the bottom of the

Ž .second column x s0 . Therefore, the composition of theB , A2

heavy recycle stream, B , is specified to be x s0.99, and2 B , B2

x s0.01.B ,C2
Ž .5 There is no component B leaving the top of the first

Ž .column x s0 . Therefore, the composition of the lightD , B1

recycle stream, D , is specified to be x s0.99 and x1 D , A D ,C1 1

s0.01.
With the given specifications, we can complete the steady-

state design for any given reactor conversion and reactant
distribution. The steady-state conditions of all streams in the
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ternary recycle system are calculated from balance equations,
as shown in Appendix A. Next, shortcut methods are applied

Ž .to find the minimum number of trays Fenske equation for
Ždistillation columns, locate the feed tray location Kirkbride

. Ž .equation , and size the column diameter Appendix B . The
heat-transfer areas for the reboiler and condenser are also

Ž .computed from the vapor flow rates Elliot and Luyben, 1996 .
From Appendices A and B, we can determine all the pro-

cess flow rates and the equipment sizes. In order to select the
best steady-state design for a direct or indirect sequence, we
employ economic assessment to evaluate different designs.
The capital cost and operation cost of the entire plant are

Ž .estimated using the correlation given in Douglas 1988 , as
shown in Appendix B. Therefore, the process TAC model
can be expressed as

TACsC V 0.62267qÝC V 0.533N 0.802qÝC V 0.775N1 R 2 i T , i 3 i T , i

qÝC V 0.65qÝC V 2Ž .4 i 5 i

Equation 2 gives a rigorous expression for the TAC, and it
Ž .was used by Elliot and Luyben 1996 to analyze steady-state

economics for recycle plants. In Eq. 2, the TAC model con-
sists of the following terms: the first term represents the capi-
tal cost of the reactor, the second and third terms correspond
to the capital costs of distillation columns and trays, the fourth
term stands for the combined capital costs for the reboiler
and condenser, and the last term is the operation cost for the
system. Note that the difference between Eq. 2 and the model

Ž .of Malone et al. 1985 is that the reactor cost is included in
terms of V .R

Simplified TAC. Following the approach of Malone et al.
Ž .1985 , the TAC model is linearized

TACsK qK V qÝK N qÝK V 3Ž .0 1 R 2 T , i 3 i

For the purpose of comparison, it is useful to express the
simplified TAC model in terms of process variables, for ex-
ample, conversion, reactant distribution, relative volatilities,
and reaction-rate constant. This can be done by substituting
relevant process variables for the equipment size, tray num-
bers, and vapor rates in Eq 3. From the mass-balance equa-

Ž .tion, we can express reactor size V asR

P
V s 4Ž .R kz zA B

where P is the production rate for the system. Next, we use
Gilliland’s approximation, N s2 N to find the theoreti-T , i min, i
cal tray, and use Fenske’s equation for the minimum number

Ž .of trays; Douglas, 1988 . The number of theoretical trays can
be expressed as

x xDi , L K B i , H K
log ½ 5x xDi , H K B i , L K

N s2 5Ž .T , i � i , L K
log ž /� i , H K

where LK and HK stand for key and heavy key, respectively,
and the subscript i means the ith column. We also can use
the mass-balance expression to estimate the vapor flow rate
by the minimum reflux ratio

V s 1.2 R q1 D 6Ž .Ž .i m , i i

It should be emphasized here that, for recycle plants, the dis-
tillate flow rate is a function of the reactor composition, be-

Ž .cause the feed flow to the separation system F varies as the
conversion changes. Assuming 100% fractional recovery for
the product C, we have

P
Fs

zC

Therefore, the two distillate flow rates for the direct se-
quence are

zA
D s P1 zC

D sP2

These three equations clearly demonstrate the difference be-
tween the separation system by itself and recycle plant as a
whole. For the indirect sequence, similar expressions can be
derived from material balances. For the first distillation col-
umn, the minimum reflux ratio equation of Glinos and Mal-

Ž .one 1984 is adopted here

� z q z zŽ .C A C B
ArCB R s q 7Ž .m fz � y� fz � y1Ž . Ž .A A C A A

z q z r � y1 q z r � y1Ž . Ž . Ž .B C C A A
ACrB R s 8Ž .m z q z 1q z zŽ .Ž .A C A B

Ž .where fs1q1r 100 z .C
In the second distillation column, we use Underwood’s

equation to approximate the minimum reflux ratio

1y zA
CrB R s 9Ž .m � y1 zŽ .C C

� 1y zŽ .C B
ArC R s 10Ž .m � y� zŽ .A C A

From Eqs. 4 to 10, the simplified TAC models for both the
direct and indirect sequences can be expressed in terms of
system conversion, reactant ratio, relative volatility, and reac-
tion-rate constant. The following two equations give the sim-
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plified TAC models

x xDi , L K B i , H K
log ½ 5P x xDi , H K B i , L KDTAC sK qK qÝ2 K0 1 2 �kz z i , L KA B log ž /� i , H K

1y zAqK P 1.2 q13 � y1 zŽ .C C

z � z q z zŽ .A C A C BqK P 1.2 q q1 11Ž .3 ½ 5z fz � y� fz � y1Ž . Ž .C A A C A A

x xDi , L K B i , H K
log ½ 5P x xDi , H K B i , L KITAC sK qK qÝ2 K0 1 2 �kz z i , L KA B log ž /� i , H K

z � 1y z z q zŽ .A C B A CqK P 1.2 q1 qK P3 3z � y� z zŽ .C A C A C

z q z r � y1 q z r � y1Ž . Ž . Ž .B C C A A
� 1.2 q1 12Ž .½ 5z q z 1q z zŽ .Ž .A C A B

Design and Analysis
With the linearized TAC model, we are able to evaluate

different designs. Three cases, fixed-reactor composition,
fixed conversion, and free reactor composition, are studied.
The reason for this classification is that, in some reaction
kinetics, a certain ratio of reactant distribution has to be
maintained to prevent occurrence of side reactions, or cer-
tain concentration of a particular reactant has to be main-
tained to ensure process safety. From an energy-management
point of view, a certain level of conversion has to be kept to
ensure attainable heat removal. The first is the case of fixed-

Ž .reactor effluent composition z , z , and z and, in thisA B C
case, the only design alternative we have is the selection of
the separation sequence. The second one is the case of fixed

Ž .conversion z . Here, the design variables are the distribu-C
Ž .tion of reactants z and z and distillation sequencing. InA B

the last case we allow the reactant effluent composition to
Ž .vary that is, variable z , z , and z . The design variablesA B C

for this case thus become conversion, distribution of reac-
tants, and distillation sequence. This gradual transition illus-
trates the similarity and difference between the syntheses of
distillation systems and reactorrdistillation systems.

Fixed-reactor effluent composition
When z , z , and z are given, a limited design space isA B C

available and the remaining design degree of freedom is dis-
tillation sequencing. On the other hand, this is the easiest
one to analyze. Because, for the two design alternatives, the

Ž .reactor sizes are the same as the result of same conversion
and the feed composition to distillation columns are also the
same as a result of the same fractional recoveries.

Boundary for Column Sequencing. Following Malone et al.
Ž .1985 , we use the superscript D to denote the direct se-

quence and I to represent the indirect sequence. The differ-
ence in the costs between these two alternatives is

�TACsTAC DyTAC I 13Ž .

Substituting Eq. 3 into Eq. 13, we obtain

�TACsK V DyV I qK N D yN I qN D yN I� 4 � 41 R R 2 T , AC T , AC T ,C B T ,C B

qK V D yV I qV D yV I 14Ž .� 43 AC AC C B C B

The indirect sequence is favored when �TAC is positive, and
the direct sequence is preferred whenever �TAC is negative.
Equation 14 can be simplified further. First, Eq. 4 shows that
the reactor volumes are the same for both configurations, that
is, V DsV I. Hence, the first factor on the righthand sideR R
Ž .RHS of Eq. 14 becomes zero. Since the fractional recover-
ies are given for both sequences, Eq. 5 gives N D sN I

T , AC T , AC
D I Ž .and N sN Malone et al., 1985 . Thus, the relativeT , BC T , BC

costs of the recycle plant can be compared based on the total
vapor requirement, and we can write

�TACsK V D yV I qV D yV I sK �V 15Ž .Ž .3 AC AC C B C B 3

Ž .This is exactly the result of Malone et al. 1985 for sequenc-
ing distillation columns for ternary mixtures, and it agrees
with the common heuristic that vapor rate is the dominate
factor in fixing the separation cost. The results reveal that
this heuristic can be extended to recycle plants, because the
reactor costs are the same in this case.

When we substitute Eq. 5 through Eq. 10 into Eq. 15, we
obtain

�TAC z q z z z 1 z y fz q z z2
B C A B B A A Bs1.2 q½K Prz � y1 z z q1 � y1 f 1q z zŽ .3 C C A B A A B

� z q z fy1Ž .C A Cy y z 16Ž .A5� y� fA C

Equation 16 can be used as a criterion for sequence selection
even for recycle plants. It is useful in the initial design be-
cause the RHS is expressed in terms of relative volatilities
and reactor composition. More importantly, we can construct
the boundary between direct and indirect sequences by solv-

Žing Eq. 16 that is, letting the RHS of Eq. 16 be equal to
.zero .

Implications. Similar to the approach of Glinos and Mal-
Ž . Žone 1988 , we can draw the boundary when the TAC or the

.total vapor rate for the direct sequence is equal to the TAC
for the indirect sequence on the composition space by solving
Eq. 16. Figure 3 shows that the boundary derived from the
simplified cost model is almost the same as that from a rigor-

Žous TAC calculation Elliott and Luyben, 1996 and Appendix
.B . It should be noticed that the notation for reactants A

and B are light and heavy keys, respectively, while the prod-
Žuct C is the intermediate key this is different from the typi-

cal alphabetic order for components according to the normal
.boiling point .

The boundary in Figure 3 suggests that the direct sequence
is preferred for more than two thirds of the ternary composi-
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( )Figure 3. Boundary of equal total annual cost TAC for
recycle plants using direct and indirect distil-
lation sequences based on simplified TAC
( ) (solid line and rigorous nonlinear open cir-

)cle models.

tion space and the indirect sequence is favored for very lim-
ited composition space, especially when a small amount of

Ž .LK reactant A is presented. A simple explanation for this is
Ž . Žthat, in the direct sequence such as Figure 1 , the LK re-

.actant A only boils up once, as opposed to the indirect se-
Žquence where the LK boils up two times the LK has to be

sent to the second column and taken out as the overhead
.product . Also note that the IK was boiled up once in both

sequences and the HK are taken out as bottoms product in
either sequence. The effect of relative volatility is shown in
Figure 4 as we change � from 4 to 3.1 and to 8. The resultsA

Žshow that as the separation of LK becomes easier such as
.� s8 , the composition space for the direct sequence in-A

creases and, on the other hand, the area for the direct se-
Žquence shrinks as the separation becomes more difficult such

.as � s3.1 . This is within one’s expectation, since the rela-A
tive cost for separating the LK changes.

Figures 3 and 4 are useful in completing the design of recy-
cle plants. For example, if the reactor composition is z sA
0.06, z s0.54, and z s0.4, then we choose the indirectB C
distillation sequence as shown in Figure 3, and if z s0.4,A
z s0.4, and z s0.2, the direct sequence is preferred.B C
Therefore, with a given reactor composition, we can apply

Žthe distillation column sequencing criterion Malone et al.,
.1985; Glinos and Malone, 1988 to recycle plants.

Fixed con©ersion
Ž .When the conversion z is given, compared to the previ-C

ous case, we have one more degree of freedom, the distribu-
tion of the reactants, for example, z rz , in addition to theA B
column sequencing. This is a more general case and, in prac-

Figure 4. Effects of relative volatility on boundaries us-
ing direct and indirect sequences.

tice, the conversion of reaction systems can be limited by
available heat-transfer area, selectivity, and so on.

Optimal Paths. For a given z , the optimal reactant dis-C
tribution can be found by taking the derivative of the simpli-

Ž .fied TAC Eq. 3 for both sequences. First, we substitute zB
and z for z in the cost model, and then take the derivativeC A
with respect to zB

� TAC � K � K V � K N � K V0 1 R 2 T , i 3 is q q q 17Ž .
� z � z � z � z � zB B B B B

Since the fractional recoveries are fixed and K are constant,i
Eq. 17 can be simplified to

� TAC � V � VR isK qK 18Ž .1 3� z � z � zB B B

For the direct sequence, after some algebraic manipulation,
we have

D� TAC P 120 z � y�C AC ABsK3 ½� z z 100 z q1 � y1 � y1Ž .Ž .B C C AC AB

1 K P 1y2 z y z1 B Cq1.2 y1 y 19Ž .25 2ž /� y1 k z 1y z y zŽ .CB B B C

Ž D .For a given z , we can solve Eq. 19 that is, � TAC r� z s0C B
to find the optimal reactant composition distribution, that is,
giving minimum TAC for the recycle plant. Similarly, for the
indirect sequence, the optimal distribution of z and z canA B
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be obtained by solving

� y� z q z 1y z y z° AB CB B C B Cq 1y2 z y zŽ .B CI ž /� TAC P 1.2� y1 � y1 � y1 � y1Ž .Ž .AB CB CB AB~sK 1.2 y y y23 2 5� z z 1q z 1y z y z � y1Ž . 1q z 1y z y zw xB C B B C ACŽ .B B C¢
K P 1y2 z y z1 B Cy s0 20Ž .22k z 1y z y zŽ .B B C

These two analytical expressions are useful to locate the opti-
mal reactant distribution for recycle plants with the direct
and indirect sequences, respectively.

Implications. The results, Figure 5, indicate that, for both
sequences, the optimal paths start from the corner of heavy

Ž . Ž .reactant B when the conversion is low z ™0 and, as theC
Ž .conversion z increases, they converge toward the centerC

Ž .line thin dashed line in Figure 5 , which means equally dis-
Ž .tributed reactants that is, z s z . This coincides with one’sA B

intuition, because, at low conversion, the operating cost of
distillation columns dominates and excess heavy component

Žreduces the vapor rate such as note that we boilup the IK
once in both sequences and boilup the LK once for the direct

.sequence and twice for the indirect sequence . At high con-
version, the reactor cost dominates and 50r50 distribution of

Ž .reactants that is, z rz s1 is preferred, because z s zA B A B
gives the smallest reactor volume when z is fixed. Figure 5C
also shows that the optimal trajectories always lie in the com-
position space where the heavy reactant is greater or equal to
the light reactant.

Once the optimal paths are drawn, we still need to select
an appropriate distillation sequence. Again, the boundary for

Ž .the distillation sequencing Figure 3 is useful in this regard.
When the boundary is drawn in Figure 5, it becomes clear
that at low conversion, that is, z F z , the indirect sequenceC C

Figure 5. Optimal paths for sequences and boundaries
between direct and indirect sequences.

is favored and, at higher conversion, that is, z G z , the di-C C
rect sequence is preferred. For the conversion in between,

Dthat is, z � z � z , we have to compute and compare TACC C C
I Ž .and TAC Eqs. 11 and 12 to find a better sequence.

The result just shown is for an example with specific rate
Ž . Ž .constant ks1 and relative volatilities � r� r� s4r2r1 ,A C B

and the simplified TAC can be used to explore the effects of
Ž .rate constant k and relative volatilities. Figure 6A reveals

that, for the same relative volatilities, as the rate constants
Ž .k decreases, the weighting of the reactor on the TAC be-
comes larger and, thus, the optimal paths converge toward

Ž .the center line that is, z s z faster, for example, at a lowerA B
z . However, the boundary for the direct and indirect se-C

( ) ( ) ( )Figure 6. Effects of A rate constant k , and B rela-
( )tive volatility � to boundaries and optimalA

paths for direct and indirect sequences.
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quences remains unchanged. Therefore, the direct sequence
is favored for a larger portion of the z toward the high con-C

Ž .version end that is, z decreases . It will be shown later that,C
quantitatively, the difference between TAC D and TAC I is
small because the reactor cost dominates the TAC at high
conversion. As the separation for the light reactant becomes

Ž .easier that is, � increases , the optimal paths move towardA
the boundary faster and, as pointed out earlier, the composi-

Žtion space for the direct sequence also becomes larger that
.is, the boundary moves toward the HK side; Figure 4 . This

gives a smaller z and, consequently, the direct sequence isC
Ž .favored for a larger composition range Figure 6B . This is

exactly what we expect, because, with an easy separation for
the LK, the cost of the reactor becomes more important and
a near balanced reactant composition leads to the direct se-
quence.

Variable reactor composition
When no constraint is imposed on the conversion, we have

another degree of freedom, z . Again, the simplified TACC
can be used to find the optimal composition distribution.

Optimal Reactor Composition. Following the approach in
the previous section, we again substitute z and z for zB C A
and take the derivative with respect to z . For the directC
sequence, we obtain

D� TAC K P 11s 2� z k z 1y z y zŽ .C B B C

1y zByK P 12,0003 2½ � y1 100 z q1Ž .Ž .AC C

z 1.2 z 1y zB B Bq q q 21Ž .2 2 2 5� y1 z zŽ .� y1 100 z q1Ž .Ž . CB C CAB C

The optimal reactor composition can be found by solving Eqs.
19 and 21 simultaneously for z and z . Similarly, for theB C
indirect sequence, the derivative can be written as

� y�AB CB
1.2°I� TAC � y1 � y1Ž .Ž .AB CB~sK P3� z z 1q z 1y z y zw xŽ .¢C C B B C

z q z 1y z y zB C B C21.2 1q z y z y2 z z qŽ .B B B C ž /� y1 � y1CB ABy 22z 1q z 1y z y zw xŽ .C B B C

1.2 1y z 2 1y z K P 1Ž . Ž .B B 1y y q2 2 25 k� y1 z zŽ . z 1y z y zŽ .AC C C B B C

22Ž .

and the optimal operating condition can be computed from
Eqs. 20 and 22.

Implications. The results show that for the base case,
� r� r� s4r2r1 and ks1, both optimal operating condi-A C B
tions correspond to 63% conversion with different reactant

Ž .distributions Table 1 . For the direct sequence, two reac-
tants are almost equally distributed with z rz s1.22 and,B A

Table 1. Optimal Design for Direct and Indirect Sequences
(with Different System Parameters Rate Constant and
)Relative Volatility

Low k Base Case High k Low � High �A A

k 0.1 1 5 1 1
� r� r� 4r1r2 4r1r2 4r1r2 3.1r1r2 8r1r2A B C
z rz 0.11r0.27 0.39r0.54 0.57r0.69 0.52r0.61 0.04r0.37C C
Ž . Ž .z r z 0.41r0.41 0.63r0.62 0.76r0.74 0.65r0.63 0.61r0.61C D C I
Ž . Ž .z rz r z rz 1.14r1.60 1.22r2.02 1.27r2.31 1.46r2.44 1.01r1.63B A D B A I
Ž . Ž .TAC r TAC 0.961 0.974 0.982 0.987 0.918D I

for the indirect sequence, the ratio becomes z rz s2.02.B A
Since the conversion is greater than z , the recycle plant withC
the direct sequence is the true optimum, as shown in the
middle graphs of Figure 7. But the two TACs only differ by

Ž .2.6%. Next, let us examine the effect of the rate constant k
Žon the optimal reactor composition. At a low k value such

.as ks0.1 , the relative cost of the reactor becomes more
important and the optimal conversion is smaller z f0.41 andC
the optimal conversion changes from z s0.41 to z s0.76C C
as k increases from 0.1 to 5, as shown in Figure 7. All the

Ž .conversions are greater than z Figure 6 and, thus, the pro-C
cess with the direct sequence results in the optimal design.

Ž .Despite the variations in the optimal conversion z with k,C
Ž .the optimal distribution z rz of the reactants remains fairlyB A

Ž .constant and the value is close to 1 Table 1 for the optimal
case. The TAC for the indirect sequence is only slightly

(Figure 7. Optimal designs TACs along the optimal
)paths of direct and indirect sequences for

( ) ( ) ( )different A rate constant k , and B relative
( )volatility � .A
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Ž .greater than that of the direct sequence Table 1 , but the
Ž .reactant distributions z rz are not quite equally dis-B A

tributed, and they range from 1.6 to 2.3 as k changes from
0.1 to 5.

Now consider the effects of relative volatility. When the
Ž . Žseparation of the light component A becomes easier that

. Ž .is, � increases , the optimal conversion z decreasesA C
Ž .slightly Figure 7 and the TAC decreases as the result of

cheaper separation cost. Since the optimal z is greater thanC
Žz , the direct sequence is favored for all these cases FigureC

. D I7 and the difference between TAC and TAC becomes
Žmore evident as � increases but still the difference is withinA

.10% . Again, the optimal reactor composition for the direct
Žsequence tends to prefer equally distributed reactants z rzB A

.f1 as shown in Table 1 and, on the other hand, the reac-
Ž .tant distributions z rz for the indirect sequence rangeB A

from 2.4 to 1.6.
Several observations can be made from on-going analyses.
Ž .1 In terms of the TAC, the optimization results tend to

prefer a recycle process with the direct distillation sequence
with almost equally distributed reactants. The optimal con-

Ž .version can vary, but the reactant distribution z rz re-B A
Ž .mains close to 1 such as ranging from 1.01 to 1.46 .

Ž .2 Despite the fact that the indirect sequence gives a
Ž I .slightly higher TAC TAC , the difference between the two

in most cases is less than 10%. However, the optimal reactor
composition for the indirect sequence gives a more biased
reactant distribution, for example, z rz ranging from 1.6 toB A
2.4, as shown in Table 1.

Controllability
From steady-state economics, we can identify the region

Ž .for better distillation sequencing given z , z , and z , findA B C
the optimal reactant distributions for both the direct and in-

Ž .direct sequences given the conversion , and locate the opti-
Žmal reactor composition and distillation sequence variable

.everything . Do these optima lead to dynamically operable
processes? Does trade-off exist between steady-state design
and dynamic control? Instead of evaluating each design sepa-

Žrately, we would like to identify a dynamically favorable or
.unfavorable region in the composition space.

Steady-state information offers useful insight into operabil-
Ž .ity such as handling production-rate changes . Next, simple

dynamic information can be employed to distinguish dynami-
cally favorable distillation sequences in recycle plants.

ŽFrom the material balances, the production-rate P in Eq.
. Ž1 for the direct sequence can be expressed as Wu and Yu,

.1996

x qRR x qRR xkV Ž .D , A 1 D , A 2 B , AR 2 1 2Ps
1y x y x 1qRR qRRŽ .Ž .D , A D , B 1 22 2

�
x qRR x qRR xŽ .D , B 1 D , B 2 B , B2 1 2 23Ž .

1qRR qRRŽ .1 2

where RR is the recycle ratio and, for the direct sequence,
we have RR sD rD and RR sB rD . Here, the second1 1 2 2 2 2
term on the righthand side of Eq. 23 corresponds to z andA
the third factor corresponds to z . Since x and x areB D , A B , B1 2

Figure 8. Reachable production rate for designs with
( ) ( )low z s0.1 and high z s0.8 conver-C C

(sions and equally distributed reactants z sA
)z .B

close to 1 and x and x are almost 0, Eq. 23 can beD , B B , A1 2

simplified further

RR RR1 2
PskV 24Ž .R 1qRR qRR 1qRR qRR1 2 1 2

Note that Eq. 24 can also be applied to the indirect sequence
with a slightly different definition in RR, that is, RR sB rB1 1 2
and RR sD rB .2 2 2

Despite the fact that we can use the reactor temperature
Ž Ž .. Ž .k T or the reactor holdup V to handle production-rateR

Ž .changes Wu and Yu, 1996; Larsson and Skogestad, 2000 ,
Ž .the reactor compositions z and z are used to accommo-A B

Ždate the feed flow disturbance Tyreus and Luyben, 1993, and
.Elliott and Luyben, 1996 . Actually, this is the most severe

test of the operability of the recycle plants. Therefore, in
Ž .terms of control, the two recycle ratios RR and RR can1 2

be considered as candidates of manipulated variables.
ŽSimilar to the work of Georgakis and coworkers Vinson

.and Georgakis, 2000; Subramanian and Georgakis, 2001 , we
would like to explore the reachability of different designs as
the manipulated variables vary. By reachability, we mean all
reachable production rates as the manipulated variables
change in the allowable ranges. Instead of plotting the pro-
duction rate directly, we can express the production rate in

Ž .the composition space as contour lines Figure 8 , because,
Ž .with constant k and V , the production rate P is a functionR

Ž .of z and z only such as Eq. 1 . In the composition space,A B
the global optimum is when z s z s0.5, and this corre-A B
sponds to P�. Note that, in practice, this is not possible, be-
cause z is equal to zero, but it serves as a basis for compari-C
son. The number on the dashed line indicates the fraction of
the production rate with respect to P�.
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Table 2. Reachable Production Rates as Recycle Ratios
Doubled and Halved for Different Designs

Ž .A Varying Conversion

Low High
Conversion Conversion

z 0.1 0.8C
z rz 1 1A B

P rP 1.10 2.62max

P rP 0.67 0.36min

RR rRR 2.0 2.01,max 1

RR rRR 2.0 2.02,max 2

RR rRR 0.5 0.51,min 1

RR rRR 0.5 0.52,min 2

Ž .B Varying Reactant Distribution

z and zA B
z Excess Equally DistributedB

z 0.1 0.1C
z rz 0.285 1A B

P rP 1.20 1.10max

P rP 0.39 0.67min

RR rRR 2.0 2.01,max 1

RR rRR 2.0 2.02,max 2

RR rRR 0.5 0.51,min 1

RR rRR 0.5 0.52,min 2

Con©ersion
ŽFirst consider the cases of high and low conversions z sC

.0.8 and z s0.1 when the reactants are equally distributedC
Ž .that is, z s z . The input space is the case when the recy-A B

Ž .cle ratios RR and RR are doubled andror halved. This1 2
gives a rectangle in the input space, as shown in the upper
right corner of Figure 8. The reachable outputs are also shown

Ž .in the composition space as a quadrilateral Figure 8 . For
Ž .the case of high conversion z s0.8 , the reachable produc-C

Ž .tion rate ranges from 36% to 262% Table 2 . In the low
Ž .conversion case z s0.1 , the reachable production rate isC

confined to the range of 67% and 110% of its nominal pro-
duction value. Clearly, the case of high conversion has a bet-
ter reachability, and thus is more controllable. Notice that
this is the best achievable production rate change, and the
true reachable production can be smaller because we chose a
simpler control structure, and this is generally the case in
practice.

The results clearly indicate that the plant with a high con-
®ersion is more controllable, and when the conversion is down
to 10%, less than 10% of the production rate increase can be
obtained. This always holds regardless of what type of con-
troller and which control structure we choose.

Reactant distribution
ŽLet us look at the cases where the conversion is fixed such

. Žas z s0.1 , but the reactant distributions are different suchC
.as z rz s0.45r0.45 and z rz s0.2r0.7 . Again, the inputA B A B

space is a rectangle bounded by upper and lower limits on
Ž .recycle ratios 2RR and 0.5RR , as shown in Figure 9. For the

Ž .case of a largely reactant B excess z rz s0.29 , the reach-A B
Ž .able production rate ranges from 39% to 120% Figure 9

Figure 9. Reachable production rate for designs at low
( ) (z s0.1 conversion with equally z s z sC A B

) ( )0.45 and biased z s0.2 and z s0.7 dis-A B
tributed reactants.

Ž .and, for the case of equally distributed reactants z rz s1 ,A B
the reachable production rate is limited to a range of 67% to

Ž .110% Table 2 . This is a case of low conversion with z s0.1,C
and the results indicate that a biased reactant distribution
makes the recycle plant more controllable. Moreover, Figure
9 also reveals that a more effective path to increase the pro-
duction rate is to increase the reactant with a smaller frac-
tion, that is, z . In terms of an individual manipulated vari-A

Žable, it implies increasing the smaller recycle ratio RR for2
the case of indirect sequence and RR for the direct se-1

.quence is more effective in accomplishing the production-
rate increase. In other words, the reachability analysis also
provides insight into control structure design.

Trade-Off
The on-going analyses clearly show that any design given

small con®ersion and equally distributed reactants is undesir-
able as a result of limited operability. Figure 10 shows, quali-
tatively, that the undesirable region for reactant composition
and, quantitatively, that the size of the undesirable region
can be located by specifying the acceptable ranges of produc-
tion-rate variation.

Now let us compare the undesirable operating region with
the optimal paths. Since the optimal paths converge to equally

Ž .distributed reactants z s z s1 at a rather high conver-A B
Ž .sion Figure 6 , in most cases, well-designed recycle plants

will not encounter the trade-off between design and control.
Possible exceptions are the case of a very slow rate constant
Ž .such as k�0.1; top graph of Figure 6A and the case of a

Žvery light reactant, A such as � �8; bottom graph of Fig-A
.ure 6B . Since the optimal paths for the direct sequence tend

Ž .to give equally distributed reactants Figure 6 , one way to
resolve the conflict is to use the indirect sequence for these
extreme conditions. Moreover, Figure 7 indicates that in that
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Figure 10. Undesirable regions for ternary system with
two recycle streams: low conversion with
equally distributed reactants.

region, the difference in TAC for both sequences is within an
acceptable range. Furthermore, notice that for the cases of

Ž .true optima also allowing z to vary , these optimal designsC
are also outside the undesirable operating region, as shown

Ž �.in Figure 6 optima are indicated with the symbol . It should
be emphasized here that the controllability is measured by
the ability to handle production-rate changes. There are many
different controllability measures: ability to handle feed qual-
ity variation, feed temperature changes, grade changes, to
name three. One should always choose the most frequently
encountered one to assess controllability. However, we be-
lieve, by default, the production-rate handling capability is
one of the most important measures.

Table 3. Reachable Production Rates as Recycle Ratios Dou-
( ) ( )bled and Halved CS B or as Reactant Redistributed CS A

Changing Changing Changing Changing Changing
Strategy RR RR z rz RR z rzA B A B

z 0.1 0.8 0.8 0.1 0.1C
z rz 1 1 1 3.5 3.5A B

P rP 1.10 2.69 1 1.1 1.45max

P rP 0.84 0.33 1 0.84 �0min

RR rRR 2.0 2.0 1 2.0 1max

RR rRR 0.5 0.5 1 0.5 1min

Control
Ž .Tyreus and Luyben 1993 were among the first to study

the control for a system with a reactor, two distillation
columns, and two recycle streams. Four control structures,
CS1 to CS4, were proposed, and these authors found that
only two of the four control structures work. Extensions were

Ž .also made by Luyben et al. 1996 and Elliott and Luyben
Ž .1996 , and these extensions permit throughput to be set di-
rectly, and a reactor composition control is not required. The
control structure proposed here basically follows the ap-

Ž . Ž .proach of Wu and Yu 1996 , but the reactor holdup VR
and reactor temperature are assumed constant. The control
structure for the indirect sequence has the following features
Ž .Figure 11 .
Ž . Ž .1 The production rate is set by the fresh feed of A F .0 A
Ž .2 The reactor holdup is held constant by controlling reac-

Ž .tor effluent flow rate F .
Ž . Ž3 The recycle ratio of the first column RR sB rB s1 1 2

.B rF is fixed.1 0 A
Ž . Ž .4 The bottoms composition of the first column x isB , B1

Ž .controlled by changing boilup ratio V rB .1 1

Figure 11. Control structure for the indirect sequence.
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Figure 12. Mirror image of Figure 11 for the direct sequence.

Ž .5 The bottoms level of the first column is controlled by
Ž .manipulating the fresh feed of reactant B F .0B

Ž . Ž .6 The reflux ratio of the first column R rD is fixed.1 1

Ž . Ž .7 The product composition x is held by manipulat-B ,C2
Ž .ing the boilup ratio of the second column V rB .2 2

Ž . Ž .8 The reflux ratio of the second column R rD is fixed.2 2

Figure 13. Closed-loop responses of production-rate increases for recycle plant using direct sequence with low
( ) ( )conversion z s0.1 and equally distributed reactants z s z s0.45 .C A B
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Figure 14. Closed-loop responses of production-rate changes for recycle plant using indirect sequence with low
( ) ( )conversion z s0.1 and biased reactant distribution z s0.2, z s0.7 .C A B

Notice that only two composition controllers are required
and throughput is directly set by one of the fresh feed flows.
Similarly, the mirror image of this control structure is shown
in Figure 12 for the direct sequence. In order to provide a
fair comparison, in the following control studies, simple PI
controllers are used throughout. The ultimate gain and ulti-

Žmate period are identified from relay feedback tests Yu,
.1999 , and the settings are obtained using the Tyreus�Luyben

method. Four minutes of analyzer dead time are added to
the composition loop. Next, these two control structures are
tested using rigorous models.

Low con©ersion and equally distributed reactants
ŽAs pointed out earlier, the case of low conversion small

. Ž .z with equally distributed reactants z rz s1 has limitedC A B
operability. Let us take the case from Table 2 with z s z sA B
0.45 and z s0.1 as an example. In this case, both recycleC

Ž .ratios are the same RR sRR and flow rates of both recy-1 2
Ž .cle streams are also approximately equal D sB s489 for1 2

the direct sequence. For a 2% production-rate increase, rea-
sonable closed-loop responses are observed, as shown in Fig-
ure 13. However, for a 10% production rate change, the pro-
cess simply fails to maintain stability. This is within one’s ex-
pectation, since the manipulation of reactor composition can

Žincrease the production up to 9% such as Table 2 and Fig-
. Ž .ure 8 . Unless the reactor holdup V or reactor tempera-R

ture is adjusted, it is not possible to achieve more than a 10%
production-rate increase. This can also be seen from Eq. 24.
Similar results are also observed with the indirect sequence.

Low con©ersion and biased reactant distribution
Let us take an example to illustrate the operability for sys-

tems with biased reactant distribution. Consider a case with
Ž .10% conversion z s0.1 and biased reactant distributionC

Ž .z s0.2 and z s0.7 . Because of the difference in the re-A B
Ž .actant distribution, for the indirect sequence Figure 11 , the

Ž .recycle ratio is quite different RR s7.6 and RR s2.2 and,1 2
Ž .similarly, B is much larger than D B s761 and D s217 .1 2 1 2

For the indirect sequence, we fix RR and let RR vary as a1 2
disturbance comes in. In terms of composition, this implies

Ž .we use z recall that z s0.2 and z s0.7 for disturbanceA A B
Ž .rejection. This control scheme Figure 11 works quite well

Ž . Ž .for small 2% and for large 20% production-rate changes,
as shown in Figure 14. This is exactly what we expect, be-

Ž .cause RR or z is the most effective variable for accom-2 A
modating production-rate change, as shown in the reachabil-
ity plot in Figure 9.
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( )Figure 15. Closed-loop responses of production-rate changes using direct sequence control structure of Figure 12
( ) ( )with low conversion z s0.1 and biased reactant distributed z s0.2, z s0.7 .C A B

( )Figure 16. Modified control structure for the direct sequence with the heavy reactant in excess z � z .A B
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What will happen if the direct sequence with the given
control structure in Figure 12 is employed? Simulation re-
sults show that the system simply drifts away for a ‘‘1%’’ pro-

Ž .duction-rate increase Figure 15 . The reason is rather obvi-
ous, in that for the direct sequence, we use an inappropriate

Ž .variable RR or z in Figure 12 to handle production-rate2 B
variations. If we modify the control structure to Figure 16,
then one can have better handle production-rate changes for
the given reactor composition. It then becomes clear that the
control structure should be designed according to the given
process and that no single control structure can perform well

Ž .over the entire composition space such as Figure 6 .

High con©ersion and equally distributed reactants
Despite the potential problem of equally distributed reac-

Ž .tants, the high conversion case such as z s0.8 gives betterC
operability, as shown in Figure 9. Consider the case with zA

Ž .s z s0.1 and z s0.8 Table 2 . Here, the control struc-B C
ture in Figure 12 shows good control for 20% production-rate

Ž .increases Figure 17 . Again, this is expected, because the de-
sign gives better reachability, as shown in Figure 9, and simi-
lar dynamic responses can be obtained for the closed-loop

control with the indirect sequence. Generally, this region cor-
Ž .responds to global variable reactor composition optima, as

shown in Figure 6. This again confirms the unlikely trade-off
between design and control if the plant is well designed.

Optimal reactant distribution
ŽConsider the control performance at true optima allowing

.the conversion, z , to vary . The optima are marked with as-C
Ž�. Ž .terisks and circle � for direct and indirect sequences,

respectively, as shown in Figure 6. The direct sequence gives
a lower TAC over the indirect sequence, but only by 3% for

Ž .the base case Table 1 . The true optimal design for the indi-
rect sequence is used as an example, and this corresponds to
the reactor composition of z s0.125, z s0.250, and z sA B C

Ž . Ž0.625 Table 1 . Here, the proposed control structure Figure
. Ž11 is evaluated and compared to control structure 1 de-

. Ž .noted as CS1 of Tyreus and Luyben 1993 . Their CS1 con-
Ž .trol structure consists of the following loops Figure 18 .

Ž .1 The production rate is set by adjusting two recycle flows
Ž .B and D simultaneously.1 2
Ž .2 The reactor holdup is controlled by the reactor effluent

Ž .flow rate F .

( )Figure 17. Closed-loop responses of production-rate increases using direct sequence with high conversion z s0.8C
( )and equally distributed reactants z s z s0.45 .A B
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Ž . Ž .3 The recycle flow of the first column B is under flow1
control.
Ž .4 The bottoms level of the first column is controlled by

Ž .manipulating the fresh feed of reactant B F .0B
Ž . Ž .5 The reflux flow of the first column R is fixed.1
Ž .6 The reflux drum level of the second column is con-

Ž .trolled by manipulating the fresh feed of reactant A F .0 A
Ž . Ž .7 The reflux flow of the second column R is fixed.2
Ž . Ž .8 The product composition x is held by manipulat-B ,C2

Ž .ing the boilup rate of the second column V .2
Ž . Ž .9 The impurity of reactant B in the product stream xB , B2

is controlled by manipulating the boilup rate in the first col-
Ž .umn V . This is cascade control structure with a secondary1

x to V loop.D , B 11

Notice that only two composition controllers are required,
but the throughput is set indirectly by changing both recycle
flows. Figure 19 compares the responses for a 2.8% increase
for both control structures. Better product composition
Ž .x control is achieved with the proposed ratio scheme,B ,C2

and the reason for better performance can be seen from the
reactor composition redistribution. Both reactant concentra-

Ž .tions z and z only make necessary increases to accom-A B
modate this production-rate increase, while the CS1 struc-
ture results not only in an increase in z but also in a smallerA
decrease in z . Obviously, the paths in reactant redistribu-B
tion for the CS1 structure require a much larger effort on the
movement of manipulated inputs and, subsequently, a longer

Ž .transition Figure 19 . This is not to say that the CS1 control

structure is not a good control strategy, but, rather, it implies
that the magnitude of changes in these two recycle flows
should be carefully planned for production-rate change at

Ždifferent reactant composition distributions Lyman and Luy-
.ben, 1996 . Note that, in this work, the same magnitude of

change is imposed on both streams. Nonetheless, the results
Ž .indicate that the proposed ratio scheme Figure 11 gives an

acceptable performance.

Extensions
Up to now, we have investigated the ternary systems with

two distillation columns and two recycle streams. The process
configuration is the result of the distribution of the boiling

Ž .points that is, product C is the intermediate key . Certainly,
Ž .there are cases where the product C can be the lightest or

the heaviest component. What are the process configura-
tions? Do the conclusions still apply? Consider, again, the
second-order elementary reaction where the product is the

Ž . Ž .heavy key HK and light key LK , respectively. Since the
relative volatilities for both reactants are adjacent to each
other, we have only one distillation column in the recycle
structure, as shown in Figure 20. When the product is the
HK, light reactants are recycled back to the column from the

Ž .top of the first and only one column, and a similar situation
applies to the case of LK. Therefore, we do not have a col-
umn sequencing problem for these two cases.

( )Figure 18. CS1 control structure of Tyreus and Luyben 1993 .
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Steady-state economics
Ž .Again, the linearized TAC models such as Eq. 3 are de-

rived for ternary systems with only one distillation column for
Ž .both cases heavy product and light product . Following a

similar procedure in the third section, we are able to find the
Ž .optimal reactant distribution z and z for any given con-A B

Ž .version z , such as taking the derivative of the TAC withC
Žrespect to z . Similarly, the true optimum the point in theB
.composition space giving the minimum TAC can be found

Ž .following the procedure in the third section. Cheng 2002
gives a detailed description.

Ž .Let us use the flow sheet of the heavy product Figure 20A
Ž .with the base-case parameters � r� r� s4r2r1 to illus-A B C

trate the steady-state economics. Here, the reactants A and
B are light key and intermediate key, respectively, while the

Ž .product is the heavy key Figure 21A . The optimal path starts
Žfrom the corner of light reactant A that is, excess of light

.reactant, or z � z at low conversion and converges to-A B
Ž .ward equally distributed reactants that is, z s z at highA B

conversion, as shown in Figure 21A. Specifically, at z s0.3,C
Žthe optimal reactant distribution is z rz s4.9 such as largeA B

. Žexcess in A and, at the true optimum corresponding to the

.lowest TAC , we have z s0.61 and the reactant distributionC
Ž .is z rz s1.6 such as a much smaller excess of A .A B

The results are within one’s expectation. At low conver-
gence, the cost of the separation dominates the TAC, and a
large excess of light reactant results in an easier separation
and, consequently, a lower cost. On the other hand, at high
conversion, the reactor cost is the dominant factor and an

Žequally distributed reactant results in a smaller reactor for
.elementary second-order reaction , and subsequently a lower

TAC. Again, with the cost model and corresponding parame-
Žter, the true optimum is located around 60% conversion c.f.

.two-columns case in Table 1 . Similarly, for the case when
Ž .the product C is LK Figure 20B , the optimal trajectory stars

Ž .from the vortex of the heavy key reactant A and converges
Žto the corner of C with equally distributed reactants z sA

.z , as shown in Figure 21B. The results imply the followingB
heuristics:
Ž .1 At low conversion, arrange the reactant distribution for

lower separator cost.
Ž .2 At high conversion, distribute the reactant for a lower

reactor cost.

Operability
Again, it is important to find out whether the trade-off be-

tween steady-state economics and dynamical controllability

( )Figure 19. Closed-loop responses of a production-rate increase �2.8% for indirect sequence with proposed ratio
( ) ( ) (control structure solid and CS1 control structure dashed at optimal reactant distribution z s0.125,A

)z s0.250, and z s0.625 .B C
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exists. Following the procedure in the fourth section, the pro-
Ž .duction rate P can be expressed in terms of the important

operating variables. However, unlike the two-column cases,
Žwe have only one recycle stream in these flow sheets Figure

.20 . From the material balance for the case of heavy product
Ž .Figure 20A , we have

x qRRxkV Ž .B , A D , AR 1 1Ps
1y x y x 1qRRŽ .Ž .B , A B , B1 1

�
x qRRxŽ .B , B D , B1 1 25Ž .

1qRRŽ .

where RRsD rB is the recycle ratio. Because x and1 1 B , A1

x are close to zero, Eq. 25 can be simplified furtherB , B1

x x RR2
D , A D , B1 1PskV 26Ž .R 21qRRŽ .

Equation 26 reveals that there are two possible ways to han-
Ždle production-rate changes. The first approach such as CS

.A of Figure 22 , similar to the two-column case, uses the re-
Ž .distribution of reactants that is, z rz to handle produc-A B

tion-rate changes while fixing the recycle ratio. Regardless to
the extent of the conversion, this approach is effective when

Žone of the reactants is in excess. The second scheme such as
. Ž .CS B of Figure 22 uses the recycle ratio RR to accommo-

date production-rate variation. As explained earlier, this ap-
proach is effective at high conversion, but gives poor oper-
ability at low convergence, as shown in Table 3. Table 3 clearly
indicates the advantages and disadvantages of these two ap-
proaches. It also reveals that if the control structure is care-
fully chosen, we will not encounter a trade-off between de-
sign and control.

ŽSimilarly, if the product is the light component Figure
.20B , the expression for the production rate is

x qRRxkV Ž .D , A B , AR 1 1Ps
1y x y x 1qRRŽ .Ž .D , A D , B1 1

x qRRxŽ .D , B B , B1 1� 27Ž .
1qRRŽ .

where RRsB rD . Because x and x are close to1 1 D , A D , B1 1

zero, Eq. 27 can be simplified further

x x RR2
B , A B , B1 1PskV 28Ž .R 21qRRŽ .

ŽThe operability analysis can be extended to this case C is
.LK in a straightforward manner.

Control
Two control structures are devised for these two produc-

tion-rate handling principles. In control structure CS A, we
have the following control loops.
Ž . Ž .1 The production rate is set by fresh feed flow of B F .0B

( )Figure 20. Ternary systems when the product is A
( ) ( )heavy component HK and B light compo-

( )nent LK .

Ž .2 The reactor holdup is controlled by the reactor effluent
Ž .flow rate F .

Ž . Ž .3 The total recycle flow D sF qD is ratioed toTOT 0 B
F .0B
Ž .4 The bottoms level of the column is controlled by ma-

Ž .nipulating the product flow rate B .
Ž . Ž .5 The reflux ratio of the column RrD is fixed.
Ž .6 The reflux drum level of the column is controlled by

Ž .manipulating the fresh feed of reactant A F .0 A
Ž . Ž .7 The product composition x is held by manipulatingB,C

Ž .the boilup ratio of the column VrB .
Ž .Because the recycle ratio RR is fixed, the production rate

variation is handled by the redistribution of x and xD , A D , B1 1
Ž .such as Eq. 26 . This control structure will be effective for

Žthe cases of biased reactant distribution such as the low con-
.version part of the optimal paths in Figure 21 . Similarly, the

control structure CS B consists of the following loops.
Ž .1 The production rate is set by the fresh feed flow of B

Ž .F .0B
Ž .2 The reactor holdup is controlled by the reactor effluent

Ž .flow rate F .
Ž . Ž .3 The top product composition x is controlled byD , A1

Ž .manipulating the total recycle ratio D rF .TOT 0B
Ž .4 The bottoms level of the column is controlled by ma-

Ž .nipulating the product flow rate B .
Ž . Ž .5 The reflux ratio of the column RrD is fixed.
Ž .6 The reflux drum level of the column is controlled by

Ž .manipulating the fresh feed of reactant A F .0 A
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Ž . Ž .7 The product composition x is held by manipulat-B ,C1
Ž .ing the boilup ratio of the column VrB .

The difference between the two structures lies in the fact
Ž .that, for CS B, the recycle ratio RR will be changed as a

result of keeping x constant. This control structure willD , A1

Žbe effective for cases of high conversion such as the high
.conversion portion of the optimal paths in Figure 21 .

Closed-loop responses for production-rate increases clearly
indicate that control structure CS A is indeed operable for a
biased reactant distribution at low conversion, as shown in

( ) ( ) ( ) ( ) �Figure 21. Optimal TAC paths when the product is A heavy component HK and B light component LK , with
indicating true optima.

March 2003 Vol. 49, No. 3AIChE Journal 699



Figure 23A. On the other hand, CS B fails to accommodate a
Ž30% production increase at low conversion such as z s0.1C

.and z rz s8 , as shown in Figure 23B. However, the oppo-A B
site situation is encountered at a high conversion with equally

Ž .distributed reactants such as z s0.8 and z rz s1 . ForC A B
this case, the CS A structure fails to achieve a 50% produc-

Ž .tion-rate increase Figure 24A , while the CS B control struc-
Ž .ture shows acceptable operability Figure 24B .

For the single-column configurations, the results also sug-
Ž .gest that no single control structure Figure 22 works well

Ž .over the entire composition space such as Figure 21 . If we
use control structure CS A at low conversion and CS B for

( ) ( ) ( )Figure 22. Two process control structures when product C is HK: A fixing recycle ratio CS A ; B controlling
( )x CS B .D1, A
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(Figure 23. Closed-loop responses of production-rate increases at low conversion with excess reactant A z s0.1C
) ( ) ( )and z rrrrrz s8 for control structures: A CS A; B CS B.A B
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Figure 24. Closed-loop responses of production-rate increases at high conversion with equally distributed reactants
( ) ( ) ( )z s0.8 and z rrrrrz s1 for control structures: A CS A; B CS B.C A B
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high conversion on the optimal paths, trade-offs between de-
sign and control are not likely to occur.

Conclusion
Based on the Underwood equation and a simple cost model,

optimality regions for the direct and indirect column se-
quence of recycle plants are identified, and this can be used
to analyze the different flow sheets for any given reactor
composition. First, ternary systems with two recycle streams
are studied. As the conversion varies, optimal paths for a re-
cycle plant with direct or indirect column sequences can also
be derived analytically. Given the optimality region, the cor-
rect flow sheet with the minimized TAC can be visualized on
the triangular composition space for ternary systems. Next, a
controllability measure, based on reachability, is also pro-
posed, and the undesirable operating region can also be lo-
cated. From the steady-state economics and dynamic control-
lability analyses, the results indicate that, with few excep-
tions, optimally designed recycle plants generally are opera-
ble. Nonlinear simulations are used to illustrate the operabil-
ity for different designs. The results also show that no single
control structure will work well over the entire composition
space and it should be adjusted as the reactor composition
varies.

If the product is the heavy component or light component,
we have a recycle plant with only one distillation column.
The procedure can be extended to these one-column configu-
rations in a straightforward manner, and results also indicate

Žthat if the control structure is carefully chosen that is, CS A
.at low conversion and CS B for high conversion , trade-offs

between design and control are not likely to occur.
Finally, what is the possibility of extending the results to

other reactions, for example, AqB™CqD? In this case, if
the boiling points of C and D are adjacent to each other,
then the conclusion of this work applies. If not, the process
configuration will be different and only the operability mea-
sure part can be applied. More importantly, we believe this
work offers a systematic approach to address the trade-offs
between design and control and that the procedure itself can
be applied to any process.
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Notation
A sheat-transfer area of condenser in column iC , i
A sheat-transfer area of reboiler in column iR , i

B sbottoms flow rate from ith columni
C , C , C , C , C scost coefficients for the model in Eq. 21 2 3 4 5

D sdistillate flow rate from ith columni
D sdiameter of column iC , i
D sdiameter of reactorR

F sfresh feed flow rate of component A0 A
F sfresh feed flow rate of component B0 B

Fsflow rate out of the reactor
F sfeed flow rate in column ii

HKsheavy key component
h sheight of liquid over weir in column io w , i
L sheight of column iC , i
L sreactor heightR

K , K , K , K scoefficients for the linear cost model in Eq. 30 1 2 3

ksspecific reaction rate
LKslight key component

M sholdup on tray n of column in, i
MWsaverage molecular weight
N sfeed tray number in column if , i

N sminimum number of trays in column imin, i
N stotal number of trays in column iT , i

Psproduction rate
Psnominal production rate

P smaximum production ratemax
P sminimum production ratemin
P� smaximum achievable production rate in the

composition space
P spressures

R sperfect gas constantgas
R sminimum reflux ratio in column Im , i

RRsrecycle ratio column
RRsnominal recycle ratio

RR srecycle ratio in column jj
r , r sfractional recoveries of the light key and heavyŽ i.L K Ž i.H K

key in ith column
Tsreactor temperature

TACstotal annualized costs
U sheat-transfer coefficient for the condenserC
U sheat-transfer coefficient for the reboilerR
V svapor boilup in column ii

V sreactor holdup in molesR
V svapor boilup in column is, i

Žx sbottoms composition in k th column moleB k , j
.fraction of component j

Žx sdistillate composition in k th column moleD k , j
.fraction of component j

Žx sfeed composition in ith column mole fraction ofF i, j
.component j

Ž .z supper value of conversion mole fraction , aboveC
which distinct preference is given to direct se-
quence

Ž .z slower value of conversion mole fraction , belowC
which distinct preference is given to indirect se-
quence

Žz sreactor composition of component j mole frac-j
.tion

Greek letters
� srelative volatility of component jj
� sliquid hydraulic time constant for column ii

�TACsdifference between the annualized costs of the
direct and indirect sequences

� H sheat of vaporizationvap
�T scondenser temperature differenceC
�T sreboiler temperature differenceR
�Vsdifference of the vapor rates for the direct and

indirect sequences
� sliquid densityL
� svapor density in columnV
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Appendix A: Steady-State Design Procedure
Ž .Similar to the approach of Elliott and Luyben 1996 , the

steady-state design is outlined as follows.
Ž .1 Select the reactor composition z and z .A B
Ž .2 We can make the mass balance for the two distillation

Ž .columns Eq. A1�Eq. A6 to calculate the flow rate of the
light recycle stream, D , the heavy recycle stream, B , and1 2
the reactor effluent flow rate, F

B sD qB A1Ž .1 2 2

B x sD x qB x A2Ž .1 B , A 2 D , A 2 B , A1 2 2

B x sD x qB x A3Ž .1 B , B 2 D , B 2 B , B1 2 2

FsB qD A4Ž .1 1

Fz sB x qD x A5Ž .A 1 B , A 1 D , A1 1

Fz sB x qD x A6Ž .B 1 B , B 1 D , B1 1

z q x x y z y z y x x y zŽ .Ž . Ž .Ž .A D , A D , B B B D , B D , A A2 1 2 1B s D2 2x y z x y z y x y z x y zŽ .Ž . Ž .Ž .B , A A D , B B B , B B D , A A2 1 2 1

A7Ž .

z y x x y z y z y x x y zŽ .Ž . Ž .Ž .B D , B B , A A A D , A B , B B2 2 2 2D s D1 2x y z x y z y x y z x y zŽ .Ž . Ž .Ž .B , A A D , B B B , B B D , A A2 1 2 1

A8Ž .

Ž .3 Calculate the feed composition to the second column

FZ yD Xi 1 D , i1X s is A , B A9Ž . Ž .B , i1 B1

Ž .4 From the steady-state total molar balance around the
process, we can get three equations

F qF sD qkV z z A10Ž .0 A 0 B 2 R A B

F sD x qkV z z A11Ž .0 A 2 D , A R A B2

F sD x qkV z z A12Ž .0B 2 D , B R A B2

Ž . Ž5 Calculate the reactor holdup assuming the two fresh
.feed streams are purified

D x2 D ,C2V s A13Ž .R kz zA B

Ž .6 Calculate the fresh feed flow rate of both component A
Ž . Ž .F and component B F0 A 0 B

F s 1y x D A14Ž .Ž .0 A D , B 22

F s 1y x D A15Ž .Ž .0B D , A 22

Appendix B: Equipment Sizing and TAC
In the distillation column design, we assume equimolal

overflow, theoretical trays, total condensers, and partial re-
boilers. The reflux drums and column bases holdup are set by
5 min. The steady-state designs of all units in the ternary
recycle system are calculated as follows. Note that, following

Ž .the original cost models of Douglas 1988 and Elliot and
Ž .Luyben 1996 , American engineering units are used in cost

estimation.
Ž .1 Calculate the minimum number of trays and minimum

feed tray in each column from the Fenske equation and Kirk-
bride equation. Set the number of trays in each column equal
to two times the minimum

log x rx x rxw xŽ .Ž .Di , L K D i , H K B i , H K B i , L K
N s2 B1Ž .T , i log � r�Ž .LK HK

NT , i
N s1q B2Ž .f , i 0.2062x x BFi , H K B i , L K i

1q ž /x x DFi , L K D i , H K i

Ž .2 Use rating programs to determine the reflux ratio when
recycle flow and product composition satisfy the specified
value.
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Ž .3 Calculate the reactor diameter DR

1r32 V MWR
D s B3Ž .R ž /� �L

where MW is the average molecular weights66.7 and � isL
the liquid densitys1.20 grcm3.
Ž .4 The distillation column size can be expressed as

1r2MWR T1 gas 1r2D s V B4Ž .(C , i iž /900� P

L s2.4N B5Ž .C , i T , i

where R is the perfect gas-law constant, T is the tempera-gas
ture, and P is the pressure, which is assumed to be 3.08 bar.
Ž .5 We can utilize the Francis weir formula to calculate the

Ž .liquid height over the weir h for each columnow, i

2r3F MWi
h s B6Ž .ow , i ž /9600� DL c, i

Ž . Ž .6 The liquid tray holdup M is calculated by the liquidn, i
Ž .height over the weir h and a 2.54 cm weir heightow, i

1 � D2
c , i

h q �ow , i Lž /2 4
M s B7Ž .n , i MW

Ž . Ž .7 The liquid hydraulic time constant � in hours is cal-i
culated for each column

� Dc, i
� s B8Ž .i 1r257,600 hŽ .ow , i

Ž .8 The heat-transfer areas for the reboilers and the con-
densers in each column are calculated as

V MW� Hs, i vap
A s B9Ž .R , i U �TR R

V MW� Hs, i vap
A s B10Ž .c, i U �TC C

Ž .where the heat of vaporization � H is equal to 0.581 kJrg.vap
The reboiler was assumed to have a heat-transfer coefficient

Ž 2.of U s17.64 kJr h	Ccm and a temperature differential ofR
�T s27.8	C. The heat-transfer coefficient, U , for the con-R C

Ž 2.denser is equal to 26.5 kJr h	Ccm and the temperature dif-
ference is �T s11.1	C.C
Ž .9 Once all the process flow rates and the equipment size

have been determined, then the capital cost and operation
cost of the process are estimated using the correlation given

Ž .in Douglas 1988 .
Ž .10 The capital cost of the reactor, columns, trays, and the

Ž .heat exchangers reboilers and condensers are estimated us-
Ž .ing an M&S index of 950 Douglas, 1988

M&S
�1.066 0.802Reactor costs 101.9D L 2.18q 3.67 1.2Ž .Ž .R R280

B11Ž .

M&S
�1.066 0.802Column cost s 101.9D L 2.18q3.67 1.2Ž .i C , i C , i280

B12Ž .

M&S
1.55Tray costs 4.7D L 1.0q0.0q1.7 B13Ž . Ž .C , i C , i280

M&S
0.65 0.65Heat exchanger cost s 101.3 A q AŽ .i R , i C , i280

� 2.29q 1.35q0.1 3.75 B14Ž . Ž .Ž .

Ž .11 In the operation cost, we can directly use the vapor
boilup, V , to evaluate the energy costi

5
Operation costs � H MW ÝV B15Ž .vap i610

Ž .12 Then the annual capital cost is assumed to be one-third
Ž .of the capital cost 3-year payback . Materials of construction

are stainless steel, and the design pressure is taken to be 20.7
bar. Finally, the TAC for the ternary recycle system can be
expressed as

Capital cost
TACs qOperation cost B16Ž .
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